This paper presents an approach for combined mass and energy integration in process synthesis and illustrates it at the thermochemical production of crude synthetic natural gas (SNG) from lignocellulosic biomass and its separation in a membrane cascade. Based on a general process superstructure, the design problem is decomposed into non-linear unit models whose energy and mass balances are used as constraints in mixed integer linear programming (MILP) that targets the maximum combined production of fuel, heat and power. The flowsheet structure and its operating conditions are thereby considered as complicating decision variables in an overall non-linear and non-continuous optimisation problem that is addressed with an evolutionary, multi-objective optimisation algorithm. In a process that uses its waste and intermediate product streams to balance the heat demand, such a formulation allows for identifying intensified, overall optimal flowsheets by considering all aspects of the process design.
Introduction
In the field of process synthesis, the process integration addresses the analysis and synthesis of interactions between the process unit operations. According to Grossmann (1996) , a major part of the research for optimisation-based design approaches is yet restricted to process subsystems. A large emphasis is thereby put on heat integration, heat exchanger network (HEN) synthesis and utility and energy recovery system design. Considerable effort has also been spent for investigating methods for realising the mass integration in reaction, separation and recovery networks.
Many of the approaches exploit analogies between mass and energy transfer in pinch analysis and network synthesis by mathematical programming techniques. Combined methods for mass and energy integration and global process optimisation are however rare. Addressing the synthesis of reaction and separation subsystems to design intensified and more efficient processes is still a challenge, for which superstructure concepts are expected to be appropriate (Grossmann, 1996) . This paper presents such an approach applied to the separation of crude synthetic natural gas (SNG) produced from biomass.
Motivating example
The thermochemical conversion of lignocellulosic biomass to methane is a promising way to distribute a renewable resource as a versatile energy vector in an existing grid. Potentially more efficient than the production of liquid fuels (cf., for example, Mozaffarian and Zwart (2003) ; Gassner and Maréchal (2009b) ; Tijmensen et al. (2002) ; Tock et al. (2010) ), it can be used in the form of synthetic natural gas (SNG) as automotive fuel or in combined heat and power (CHP) applications at any scale.
For a typical biomass composition, the thermochemical production of SNG targets the complete Figure 1 : Block flow diagram of crude SNG production from wood Table 1 : Typical raw gas composition and grid specifications in %vol, dry (Gassner and Maréchal, 2009b; Gassner et al., 2009) .
conversion according to the conceptual overall reaction (1):
This conversion to methane requires catalytic action, and the currently most envisaged technical route is based on two reactive steps. First, the biomass is endothermally decomposed above typically 800 • C by gasification to a producer gas rich in H 2 , CO, CO 2 and CH 4 . After cleaning the gas from tars and impurities (mainly traces of nitrogen, sulphur, chlorines and metals) to prevent equipment fouling and catalyst deactivation, methane is exothermally synthesised in a catalytic bed. As illustrated on the block flow diagram for crude SNG production depicted in Figure 1 , drying of the raw material is furthermore required to limit the demand of high-temperature heat for water evaporation. The most promising candidate technologies for these processing steps are discussed and modelled by Mozaffarian and Zwart (2003) and Gassner and Maréchal (2009b) . Methane synthesis is limited by chemical equilibrium at a sufficiently high temperature of 300 to 400 • C to maintain feasible reaction kinetics. The conversion of Eq.(1) is thus not complete, and residual hydrogen and carbon monoxide are obtained. Allowing for some additional leakage of N 2 , the typical raw gas compositions of Table 1 illustrate that the removal of only CO 2 is not sufficient to reach grid quality of natural gas. Further purification from at least hydrogen is thus necessary.
Apart facing a multicomponent problem, a second aspect in the design of the separation system is that gasification is endothermal and requires heat at high temperature. In the candidate technology developed by Hofbauer et al. (2002) at which Biollaz et al. (2009) have demonstrated a novel methanation reactor design, this heat is provided indirectly from an adjacent combustion reactor by recirculating bed material and ungasified char. As an alternative to the cold, clean producer gas that is used to balance the heat demand in the CHP plant, depleted streams from the separation may be valorised as combustibles in case of SNG production.
Discussed in more detail by Gassner et al. (2009) , these considerations indicate that process efficiency and economics may benefit from an overall formulation of the mass-and energy integration problem, which allows for optimising the process design by taking all its aspects into account.
Approaches for the design of membrane cascades
The problem of the membrane cascade design for gas purification has been considered by several authors. Bhide and Stern (1993) have presented a comprehensive analysis of seven membrane system configurations from single-to three-stage systems with recycling. After the heuristic generation of the configurations, each of the membrane systems is subsequently optimised separately using a "case study" method. Agrawal (1997) addresses the problem by systematically synthesising membrane systems with a limited number of compressors and by introducing heuristic rules to find the best system configuration. Qi and Henson (2000) have proposed a mixed integer non-linear programming (MINLP) model based on a superstructure approach. The problem is solved using an outer approximation algorithm. Vince et al. (2008) propose an alternative multi-objective MINLP optimisation strategy to design isolated membrane systems for water desalination. The method uses a superstructure concept to synthesise the membrane system configuration and decomposes the optimisation into a master and slave problem. While the master program is solved with a multi-objective, evolutionary algorithm, the slave problem is solved using conventional MILP techniques to extract the optimal process configurations from a membrane cascade superstructure.
All these studies address the design of isolated membrane cascades without considering interaction with the heat balance of a plant.
Mass and energy integration for waste recovery
The problem of mass and energy integration has most of the time been addressed in the field of water recycling and mass exchange network design. In pioneering work, El-Halwagi and Manousiouthakis (1989) and co-workers have addressed the design of combined heat and mass recovery networks by applying the analogy between heat and mass transfer. In this approach, the use of membrane systems could be one of the alternatives for mass integration (El-Halwagi, 1992) . In subsequent studies, Dunn and El-Halwagi (2003) have addressed the principle of process integration techniques with an emphasis on mass and heat integration. Bagajewicz et al. (1998) investigate a superstructure approach to solve mass exchange and heat exchange networks. They highlight the analogy between heat and mass integration by applying a "state-space" concept. Isafiade and Fraser (2009) propose an approach that combines heat and mass integration by applying interval-based MINLP superstructure concepts that are introduced by the authors.
Although the general problem of mass and energy integration has already been addressed, the combined problem that considers the synthesis of the separation system together with the valorisation of the waste streams as heat source for the process heat integration has never been systematically tackled in the past. This is the purpose of this paper. In Sections 2.1 to 2.3, we present an appropriate problem decomposition to introduce a membrane cascade design model into a more general process system design methodology which allows for exploiting the synergies between the different subsystems at the overall system level. Section 2.4 provides the integration model used to calculate the conversion of the waste streams of the gas purification section to solve the problem of the overall process integration. The global process optimisation with a multi-objective algorithm is then discussed at the example problem in Section 3.
Problem formulation

Decomposition
In the general outline of a methodology for the optimal conceptual design of thermochemical production of fuels from biomass (Gassner and Maréchal, 2009a) , we have introduced an appropriate model decomposition for an efficient generation of a set of thermo-economically optimal process configurations. Based on the classical sequential design approach of Douglas (1988) , Kravanja and Glavic (1997) have formulated a mathematical programming problem in which the optimal heat exchanger network (HEN) for energy supply from external utility streams is targeted. In our case, there are no utility streams and the waste and intermediate process streams itself must be considered to supply the required heat for the conversion. The process model used in the flowsheet generation step has therefore to be formulated in order to determine the appropriate streams and flowrates for this purpose. In addition, it should allow for computing the optimal combined heat and power cogeneration to valorise the excess exergy from the process streams. An approach that inherently combines mass and energy integration is thus necessary. 
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Taking the structure of the design problem into account, its formulation can be decomposed with respect to its mathematical nature. As illustrated in Figure 2 , the process model can be divided into several non-linear unit models that represent the thermochemical conversion in the different process sections. While the optimal selection of technology, structure and operating conditions of these subsystems are to be determined with algorithms that are able to handle complicated non-linear and non-continuous problems, the optimisation of the mass and energy transfer between them can be addressed by mixed integer linear programming (MILP) and treated as a subproblem in which the combined fuel, heat and power production are maximised for fixed unit transformations. Accordingly, the process design is decomposed in two optimisation problems whose computation sequence is outlined in Figure 3 . On the master level, an evolutionary, multi-objective algorithm assigns the complicating decision variables for the flowsheet structure and the operating conditions of its non-linear subsystems. The MILP subproblem then uses the mass and energy balances of the unit models as constraints and maximises the overall combined production for these specific conditions.
Process unit models
For all subsystems s of the problem, the chemical conversion of the process streams can be represented by a set of j non-linear functions F s :
where c andṁ are the mass concentrations and flows of the inlet and outlet streams i and j, respectively. While c i and c j are vectors of varying size,ṁ are scalars that obviously satisfy the mass conservation, i.e.:
Linked to the chemical conversion, the energy balance associated with F s writes:
where h refers to the total mass enthalpy, andĖ andQ represent the electricity and heat consumption or generation in the subsystem, respectively.
As the subsystem models are interdependent with respect to intensive variables such as stream composition, pressure and temperature, the formulation of F s in Eq. (2) needs to balance model complexity and robustness of its numeric resolution. In general, the use of commercial flowsheeting software that supports the implementation of user-defined, phenomenological models is adequate for this purpose. In our case, the software developed by Belsim SA based on a simultaneous resolution of all model equations has proven convenient. The description of the unit models for SNG production used in this work is provided in Gassner and Maréchal (2009b) . More details on the modelling of its multicomponent separation in a membrane cascade is given in Gassner et al. (2009) , in which the design model for hollow fibre modules of Pettersen and Lien (1994) is implemented.
Energy integration model
Once the chemical conversion in the process sections and its associated heat requirements determined, the extensive part of the problem can be resolved by MILP in which both the mass balances between the subsystems and the heat cascade are used as constraints. The selection of the objective is thereby arbitrary as long as the aggregation of the terms is robust and consistent with respect to the multiple objectives of the master optimisation problem. In previous work (Gassner and Maréchal, 2009a) , we proposed to minimise the total exergy depletion in the system. With such a formulation, the exergy efficiency of the plant is maximised in the MILP subproblem. A more straightforward alternative is yet to simply weight the product yields with respect to their energetic or economic value. For all subsections s that provide j output and consume i input streams through the system boundary, the target can be expressed as a function of their utilisation level f s to be optimised, i.e.: 
3. Heat balance of the temperature intervals r:
4. Overall heat balance:
5. Electricity consumption:
6. Electricity exportation: (11) with: Allowing for arbitrary reference flowrates of the different subsystems in the unit models (Eq. 2), the superstructure model of Eq. (7) consists of the mass balances between all subsections illustrated in Figure 2 . For instance, the connection between drying, gasification and combustion is written as:
are obtained from the unit models F s (Eq. 2) and y wood,c represents the choice of the technology subset that can be used as a decision variable on the master optimisation level. The non-linearities of the thermochemical conversion are thus enclosed in the coefficient matrix A of Eq. (7) and only the utilisation levels f s of the subsystems are computed in the MILP problem. The only non-zero entry of b thereby fixes the reference scale of, for instance, the biomass input:ṁ
in which Δh 0 wood refers to the lower heating value of the feedstock.
Combined mass and energy integration
In general, the constraint onṘ N r+1 in Eq. (9) is not feasible without hot utility or, in our case, burning the depleted and part of some intermediate product streams. The unit model for combustion is thus of particular significance since it connects the energy and mass balances in order to satisfy the heat requirement in the highest temperature interval of Eq. (8) while respecting the superstructure model of Eq. (7). Following the formulation of Maréchal and Kalitventzeff (1998) , it is possible to directly determine its optimal integration in the MILP problem by dissociating the effects of fuel and air in the combustion. Defining the heat of combustion h f ,r as the amount of heat available from the combustion gases at an arbitrary radiation temperature T r if the combustion is carried out with air available at this temperature, the contribution of each fuel f in the heat balance above T r (Eq. 8) is written as:
The first term of this equation thus exclusively quantifies the contribution of the fuel at T r , and the second one the energy required to heat up the stoichiometric amount of air from the reactor inlet temperature T air,in to T r . For all candidate fuels identified in the process superstructure, h f ,r can be determined from their lower heating value Δh 0 f , the adiabatic flame temperature T 0 ad , f , the oxygen required for the complete combustion of the fuel c O2,req. (in kg O 2 /kg fuel) and the mass fraction of oxygen in air c O2,air :
Similar to the effect of the fuel above T r , its contribution in the heat balance between T r and the stack temperature T stack to be recovered by convective transfer is written as:
for which h f ,c can be calculated from:
The heat requirement for air preheating is separately added to the problem as cold stream with:
and its utilisation level f air is linked to the ones of the fuels f f by a constraint that allows for oxygen excess e f :
While Eq. (19) assures a sufficient air flow rate for complete combustion, the air temperature at the reactor inlet T air,in in Eqns. (14) and (18) is a priori unknown and needs to be computed. The equations thereby show that air preheating introduces a heat pumping effect since increasing T air,in allows for increasing the heat available at T r with heat below T air,in . The determination of the optimal value of T air,in can be integrated in the MILP formulation by discretising the cold steam of Eq. (18) in N i intervals from T i to
and constraining their flow multiplication factors with: Figure 4 : Superstructure of the membrane cascade.
where f air,0 is the multiplication factor for ambient air. Accordingly, the temperature difference in the second term of the left-hand side of Eq. (14) is written by difference as:
In the MILP formulation, the energy recovery from the excess heat with a steam cycle is integrated according to the method of Maréchal and Kalitventzeff (1997) . The superstructure of the cycle layout is thereby fixed on the master optimisation level, from which the optimal headers and their flowrates are then determined in the resolution of the MILP problem.
Application to the example problem
Problem setup
The system limits of the non-linear process units models in the problem decomposition are arbitrary and depend on the choice of analysis. In our case, their selection in Figure 2 has been motivated by the principal chemical conversion steps that markedly change the characteristics of the candidate fuels for balancing the process heat requirements. In the pilot installation, clean, cold producer gas is used for this purpose (Hofbauer et al., 2002) . Dried wood and hot raw producer gas can be identified as promising alternatives that allow for increasing the process efficiency (Gassner and Maréchal, 2009c) . Raw SNG downstream of the exothermal methane synthesis is not considered as appropriate since part of its chemical energy content is already converted to heat below the process pinch.
For the separation in a membrane cascade, a superstructure of promising candidate setups has been developed in Gassner et al. (2009) . Shown in Figure 4 , it consists of three main stages for the bulk separation of CO 2 and CH 4 . Optionally, the methane is further purified from residual hydrogen in a recovery stage R1 whose permeate is recycled back to the synthesis for increasing the methane yield. In addition, it is possible to recover the by-produced carbon dioxide for capture and storage in an enriching stage E1. For stages 1 to 3 and E1, cellulose acetate has been considered as material with a good CO 2 /CH 4 -selectivity and proven robustness in industrial applications. For stage R1, a polysulfone membrane has been selected due to its better selectivity between H 2 and CH 4 . The properties and prices used in the model are based on the data of Bhide and Stern (1993) ; Abetz et al. (2006) ; Phair and Badwal (2006) and are summarised in Gassner and Maréchal (2009b) . If reliable data dependent on detailed operating conditions or other materials would be available, our approach would thereby easily allow for integrating the material choice in the global optimisation step.
Due to the many recycling streams in the membrane cascade and back to the methane synthesis, these sections of the flowsheet are nested in a highly non-linear way. Although a decomposition of this part of the flowsheet in a non-linear and linear problem would be possible in principle by a generalisation of the approach of Girardin et al. (2006) and Vince et al. (2008) , no real benefit is expected in our case since it would require to introduce artificial multicomponent source terms for recycle loops that are relatively short. The flowsheeting of these sections is thus considered as a single non-linear unit model and entirely addressed in the global optimisation problem. The depleted streams of the membrane cascade are thereby considered as waste streams whose combustion is imposed by constraints to the MILP model. If their flame temperature is not sufficient to provide useful energy above the pinch at gasification temperature (850 • C), this is done in a separate catalytic combustion that fully converts all residual oxidisable substances and inhibits the emission of the highly active greenhouse gas CH 4 .
Process optimisation
Multi-objective optimisation techniques have been introduced in the conceptual design of energy conversion systems in order to provide an enlarged set of candidate solutions to a design problem that is characterised by several conflictive objectives such as efficiency, cost and environmental impact (see, for example Toffolo and Lazzaretto (2002) ; Lazzaretto and Toffolo (2004) ; Li et al. (2006) and Sayyaadi (2009) for CHP plants, Maréchal et al. (2005) and Autissier et al. (2007) for fuel cells and Brown et al. (2009) for internal gasification combined cycles). Due to their ability of handling non-linear and noncontinuous objective functions, evolutionary algorithms have thereby proven as a robust method for solving such complex programming problems.
In earlier work , we have used an algorithm developed by Molyneaux et al. (2010) to discuss different design strategies for the membrane cascade based on a fixed plant layout and operating conditions in the production of the crude. According to the strategy for selecting a minimum number of appropriate objectives developed in Gassner and Maréchal (2009a) , each candidate membrane configuration has been optimised with respect to three objectives. Such a setup has resulted in a population of 300-400 optimal plant configurations after 4'000 iterations. The analysis has demonstrated that the design indeed benefits from taking the process integration aspects into account. Table 2 and Figure 5 summarise the optimal membrane system configurations if the performance of only the separation system or the overall plant is considered. In an isolated cascade design, two recycle loops put much more emphasis on a high product recovery in a 3-stage system. If the design can be carried out with respect to overall performance, only one recycle loop, 37% less membrane area and 21% less compression power are required. By targeting not only the upgrade of SNG, but also the capture of the by-produced biogenic CO 2 , it is possible to turn the process into a sink of atmospheric CO 2 if the resource is exploited in a sustainable way. The integration of an electrolysis unit that supplies both oxygen for catalytic combustion of the permeate of stage E1 and hydrogen to slightly increase the methane yield has proven suitable for this purpose.
In this work, we do not only address the design of the separation subsystem, but the simultaneous optimisation of the entire plant including the crude SNG production, its separation and the energy recovery system. In order to illustrate the influence of combined mass and energy integration, the optimisation is carried out for three exemplary problem setups for which different solutions with respect to process integration are expected:
1. The heat requirement of indirectly heated gasification is balanced with clean, cold producer gas as done in the pilot plant (Hofbauer et al., 2002) . 3. Directly heated, pressurised steam-oxygen blown technology is used. No supplementary heat from combustion is required for the process.
The membrane subconfigurations are freely chosen in the global optimisation from the superstructure shown in Figure 4 . While integer variables are used to select the number of main stages and whether a defined as the ratio between overall production and consumption terms b the electricity co-production is expressed as an SNG-equivalent and substituted therein -an exergy efficiency of 55% is assumed for the conversion of SNG to electricity c includes profit from selling by-produced electricity and equipment depreciation d maximum raw material cost for which the project is overall profitable Table 2 : Comparison between isolated and integrated design approaches for fixed operating conditions of the reactive sections and without hydrogen recycling to methanation ). The corresponding membrane cascades are displayed in Figure 5 . Table 2 Table 3 : Principal fixed operating conditions and decision variables (except the split ratios at the stream bifurcations of Figure 4 ) of the global optimisation problem.
a recycling stage is added or not, the cascade layout is determined with the split ratios at the stream bifurcations as decision variables. In order not to complicate the analysis, CO 2 -recovery in an enriching stage (E1) and the choice of individual materials for each membrane stage is disregarded. A summary of all decision variables for the pretreatment, reactive, separation and energy recovery sections is given in Table 3 . As raw material, wood with the same properties as in Gassner et al. (2009) is considered and the plant scale is fixed to 20 MW th,wood . In the conceptual design methodology, we aim at uncoupling the generated set of optimal solutions from weighting parameters by selecting the mathematical objectives for the global optimisation problem in order to include the optima of all relevant performance indicators (Gassner and Maréchal, 2009a) . In the polygeneration case presented here, three objectives, i.e. the SNG and electricity yield as well as the specific investment cost, are sufficient for entirely representing the thermo-economic performance for a fixed biomass input. Due to an increased number of decision variables in the optimisation problem, 20'000 iterations have been carried out by parallel computing on a high-performance cluster (EPFL Pleiades cluster, last visited 11/2009) and resulted in a population of 2'000-2'500 optimal plant configurations for each case shown in Figure 6 . After the optimisation step, the configurations that maximise the profitability of the biomass resource for the economic conditions of Table 4 are selected from all optimal candidate solutions. The sensitivity to the weighting parameters is discussed in Section 3.3.2. 
Results and discussion
Optimal process design for SNG production
For all three process setups and the economic conditions of Table 4 , the membrane layout for an overall most profitable plant design consists in two main stages with internal recycling and a subsequent hydrogen recovery and recycling stage. As shown in Figure 7 , the raw SNG is thereby entirely fed to stage 1 whose permeate is burnt. Compared to other configurations that allow for higher gas yields as for instance the one in Figure 5 (a) , this cascade provides the best compromise between SNG recovery, power consumption, energy recovery from the depleted streams and investment cost. Although the economically optimal cascade structure is the same, its operation yet adapts to the process technology and its specific operating conditions. This is illustrated by the optimal values of the decision variables and principal characteristics of the membrane system shown in Table 5 . The constraint of operating indirectly heated gasification at atmospheric pressure (cases 1 and 2) affects the entire process design. The compression of voluminous raw producer gas is costly and methanation is preferably carried out at only moderately pressurised conditions. After the synthesis, the raw SNG is then further compressed to allow for an efficient separation. If gasification is carried out under pressure (case 3), the staged compression can be omitted and gasification, methane synthesis and the first membrane stage are best close-coupled at roughly 25 bar.
Comparing the restricted with free fuel choice in cases 1 and 2, respectively, the advantage of a combined optimisation of the energy and mass balances becomes evident. According to Table 6 , dry wood is the fuel of choice to balance the heat requirement of indirectly heated gasification. Since it is withdrawn at an early stage of the conversion chain, a decreased utilisation level inherently limits the heat demand for gasification and less heat is further lost in the exothermal methane synthesis. Compared to the use of cold, clean producer gas (case 1) in which one third of the heat demand is covered with membrane permeate, a higher contribution of intermediate product in the overall heat balance is thus observed.
As indicated by a lower feed methane concentration and an increased cut in stage R1, cases 2 and 3 put more emphasis on gas recycling. In case 1, heat recovery at high temperature from the depleted stream with lower inert concentration is more important. Through an increased flame temperature, the heat contribution h f ,r at radiation temperature is thus higher (cf. Eq. 15) and allows for limiting the flowrate required to satisfy the heat demand of gasification. Due to the absence of a pinch point at high temperature, the flame temperature is lowest in case of directly heated gasification. Possibly under catalytic action, the combustion of the permeate contributes to a high conversion efficiency by power Table 5 : Decision variables and main characteristics of the separation system design for the most profitable process configurations. The corresponding membrane cascade is displayed in Figure 7 . generation in a rather ambitious steam cycle design. Being the most efficient, this process configuration is also clearly the most economic since an adapted, compact design of all sections allows for low investment expenses.
Importance of the process design approach
As demonstrated in Gassner et al. (2009) and summarised in Table 2 , a systematic process synthesis approach that integrates the reaction and separation subsystems results in more efficient and economic plants than the ones designed in conventional, isolated workpackages. These process intensification effects are amplified if an overall process optimisation is conducted. Part of the increased performances observed in Table 6 are doubtlessly due to the optimisation of the reaction system itself -they are yet difficult to detect and realise without a correct appreciation of the system interactions. The mathematical decomposition of the design problem presented here allows for an efficient simultaneous optimisation of the production and utility systems including the optimal fuel choice and combined heat and power production.
A further advantage of the proposed optimisation strategy is that the generated set of candidate process configurations is largely independent on weighting parameters. On Figure 6 , this is demonstrated by a for scrubbing b defined as the ratio between overall production and consumption terms c the electricity co-production is expressed as an SNG-equivalent and substituted therein -an exergy efficiency of 55% is assumed for the conversion of SNG to electricity d includes profit from selling by-produced electricity e includes equipment depreciation f maximum raw material cost for which the project is overall profitable Table 6 : Energy balance, efficiencies and costs of the most profitable process configurations.
identifying the most profitable configurations for different electricity prices, SNG prices or investmentrelated parameters like the interest rate and depreciation period. Such alterations impact the optimal process design considerably. This highlights that weighting the affected thermo-economic terms after the optimisation step saves not only computation time but, more importantly, also enhances the understanding of the process characteristics and sensitivities.
Conclusions
An approach for combined mass and energy integration based on an appropriate decomposition of a process design model into its non-linear and linear parts has been presented and illustrated at SNG production from biomass. By subdividing the process superstructure in non-linear units and using their relative mass flows as constraints, it is possible to simultaneously resolve the mass balances and energy integration by MILP that targets the maximum combined production of fuel, heat and power.
In this way, the synthesis of a chemical process and its separation system can be considered together with the valorisation of the waste streams as heat source for the process integration and energy recovery. In a process that only uses waste and intermediate product streams instead of external utilities, such an approach makes it possible to identify the overall optimal flowsheet structure and fuels to balance its heat demand. The application to an example case in fuel production from biomass has shown that this allows for designing more economic and efficient plants due to process intensification.
